Introduction
Fuel cell systems are being deployed in stationary applications for the generation of electricity, heat, and hydrogen. These systems use a variety of fuel cell types, ranging from the low temperature polymer electrolyte fuel cell (PEFC) to the high temperature solid oxide fuel cell (SOFC). Depending on the application and location, these systems are being designed to operate on reformate or syngas produced from various fuels that include natural gas, biogas, coal gas, etc. All of these fuels contain species that can potentially damage the fuel cell anode or other unit operations and processes that precede the fuel cell stack. These detrimental effects include loss in performance or durability, and attenuating these effects requires additional components to reduce the impurity concentrations to tolerable levels, if not eliminate the impurity entirely. These impurity management components increase the complexity of the fuel cell system, and they add to the system's capital and operating costs (such as regeneration, replacement and disposal of spent material and maintenance).
This project reviewed the public domain information available on the impurities encountered in stationary fuel cell systems, and the effects of the impurities on the fuel cells. A database has been set up that classifies the impurities, especially in renewable fuels, such as landfill gas and anaerobic digester gas. It documents the known deleterious effects on fuel cells, and the maximum allowable concentrations of select impurities suggested by manufacturers and researchers. The literature review helped to identify the impurity removal strategies that are available, and their effectiveness, capacity, and cost. A generic model of a stationary fuel-cell based power plant operating on digester and landfill gas has been developed; it includes a gas processing unit, followed by a fuel cell system. The model includes the key impurity removal steps to enable predictions of impurity breakthrough, component sizing, and utility needs. These data, along with process efficiency results from the model, were subsequently used to calculate the cost of electricity. Sensitivity analyses were conducted to correlate the concentrations of key impurities in the fuel gas feedstock to the cost of electricity.
Biogas Resources
Waste-derived fuels are attracting attention as a renewable source of energy, and they are being considered as feedstock for stationary power and CHP systems. General waste streams considered in this report include anaerobic digester gas (ADG) from wastewater treatment plants and landfill gas (LFG) from municipal solid waste.
Landfill gas has been the subject of numerous studies around the world and the U. S. Environmental Protection Agency (EPA) has published a large amount of data that it has collected over the years [1] . Landfill gas is the by-product of the decomposition of organic matter in municipal solid waste (MSW); typical composition of MSW is shown in Figure 1 . The total MSW generated in the U.S. in 2009 was 243 million tons, of which, approximately 54% was deposited in landfills [2] . Besides MSW, other wastes may also be landfilled, including construction and demolition debris, wastewater sludge, and non-hazardous industrial waste. [2] .
When waste is deposited in a landfill, it undergoes a series of decomposition phases during a period of approximately one year 1 . Initially, aerobic decomposition takes place where oxygen is consumed forming carbon dioxide, water and heat. Upon oxygen depletion, anaerobic decomposition takes place where the final phase is characterized by a steady production of LFG. This gas is typically saturated with water vapor, and it contains mainly methane (40-60%) and carbon dioxide (35-50%) , with smaller amounts of oxygen <1% and nitrogen (3-5%) [3, 4] . Generally, one million tons of MSW produce approximately 430,000 standard cubic feet (scf) per day of LFG for 20-30 years after being deposited in the landfill. Of the nearly 2,300 landfills in the U.S., there are currently ~550 operational projects in 40 states that collect landfill gas to produce 1,727 MW of electric power 2 
and 312
1 http://www.epa.gov/outreach/lmop/publicationstools/handbook.html 2 The majority of power generated by reciprocating engines million scf/day of fuel gas for commercial and residential heating. There are another ~500 candidate sites that could produce an additional 1,170 MW of electricity 3 .
Anaerobic digestion is commonly employed in many wastewater treatment plants (WWTP) to biochemically stabilize the sludge before final treatment and disposal [5, 6] . Digesters are most often operated in two temperature ranges, a) mesophilic range (30-37°C) and b) thermophillic range (50-57°C), which primarily affect the decomposition rate and heat addition to the process. The by-product of the decomposition is biogas that has an average methane content of ~60%, with the balance of the biogas consisting primarily of CO 2 [6, 7] . Typically, approximately 1 scf of biogas is produced per 100 gallons of wastewater treated [7] .
The EPA Combined Heat and Power Partnership estimates that energy recovery is not economically feasible for treatment plants with treatment capacities of less than 5 million gallons per day (MGD) [7] . Of the nearly 16,000 publically owned treatment facilities in the U.S., about 1000 treat >5 MGD, as shown in Table 1 [7] . While anaerobic digestion is used for ~60% of the total combined flow for all plants, a significant part of the gas is not utilized. This is especially so for plants with capacities below 75 MGD.
Nearly 4% of the U.S. electrical consumption is used to move and treat water/wastewater [8] . Utilizing the energy content of the ADG can offset part of the WWTPs' power requirements. Figure 2 shows an example of the offset for the power requirements for activated sludge treatment plants [6] . It plots the energy 3 
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ratio (the plant's electrical power demand to the heating value of the ADG 4 ), as a function of the plant's water treatment capacity. For instance, a 10 MGD plant that consumes 468 kW e and produces a biogas with an energy content of 700 kW th (LHV) has an energy ratio of ~0.67. This can be viewed as the inefficiency of the plant. By using fuel cells to convert the biogas to electricity 5 , in combination with other plant energy improvements [9] , it is possible to recover a substantial fraction of the energy need of the WWTPs.
Impurities
Waste-derived fuels contain a variety of trace contaminants, some of which are produced by biological digestion, while others are volatilized from the waste stream being digested. The contaminant 4 Thermal Power calculated (LHV) (MW th )  >200  15  5,147  3,783  50  159  100 -200  26  3,885  2,652  53  84  75 -100  27  2,321  1,350  44  52  50 -75  30  1,847  1,125  28  56  20 -50  178  5,375  2,573  29  132  10 -20  286  3,883  2,039  13  125  5 -10  504  3, [7] . matrix can be rather complex, containing several hundred species that can potentially damage the fuel cell anode 6 or other unit operations and processes that precede the fuel cell stack. The amounts and speciation of such trace contaminants depend on various factors, such as the type and age of waste, temperature and pressure, and the stage reached in the decomposition process [3, [10] [11] [12] .
We have reviewed published data with emphasis on the low level impurities present in LFG and ADG and we have set up a database 7 that currently includes a total of nearly 300 impurity species found in the biogas matrix. The database classifies the impurities in categories (such as sulfur, siloxanes, halogens, and aromatics) and provides links to specific properties of the species. The database breaks down the information by location, the number of data points on each species, and the minimum, maximum, and average concentrations of the species, as well as information regarding the refuse type, flow-rates, and origin and age of waste. The objective of this task was to compile the data and identify the impurities that can affect the performance of fuel cell systems, and the commonalities between the various biogas matrices. Although a direct comparison for each biogas source would be impractical-as each waste source shows great variability in trace components-it is possible to identify the similarities and differences on an average basis among the various biogas sources.
In general, while many contaminant species are present in biogas, three classes of impurities were found to be of particular concern for use of the biogas in fuel cell power (or combined heat and power) systems: sulfur, siloxanes, and volatile organic compounds (VOCs).
Sulfur
Reduced sulfur compounds are common and often present in significant concentrations in all biogas sources. Most often, sulfur is present as hydrogen sulfide (H 2 S) at concentrations up to several thousand parts per million by volume. The highest level of sulfur is found in ADG of dairy streams, and there it can range from 500 to 3000 ppm [12] .
In comparison to dairy waste, the H 2 S concentration in biogas produced by wastewater treatment plants is usually smaller, with a range of ~10 to 1200 ppm, as shown in Figure 3 treated, and the specific treatment employed by the facility. For most cases where the concentration of H 2 S is low, iron salts (such as ferrous chloride) are used in the water treatment process to remove phosphorous and H 2 S as part of local air quality management [10, 13] . High concentrations of H 2 S (3000 ppm) in WWTP have been reported in the literature [14] , where the origin of the high sulfur concentration was found to be the soil through which the untreated water flowed between the source and the destination treatment facility. While H 2 S contains the bulk of sulfur in the biogas, organic sulfur species such as mercaptans, e.g., dimethyl sulfide (DMS), are also present, although they rarely exceed 0.1 ppm.
Typically, LFG contains <100 ppm H 2 S; however, the concentrations can rise to several thousand ppm in landfills with a high sulfur load. Extremely high concentrations have been measured at landfill cells where large quantities of plasterboard, wastewater sludge, or flue gas desulfurization sludge have been deposited [3] . Just as in ADG, the majority of the sulfur found in LFG is in the form of H 2 S. In contrast to ADG, however, organic sulfur is found in higher concentrations in LFG, usually as mercaptans (thiols), disulphides, and dimethyl sulfide, as shown in Figure 4 . In most cases where organic sulfur has been measured at a landfill, dimethyl sulfide was found to be present at concentrations >10 ppm.
Organic sulfur species react with hydrogen and carbon oxides, especially at elevated temperatures, to form H 2 S and COS. Hydrogen sulfide is corrosive to the pipeline infrastructure [15] , hence pipes and tubes within the process that are exposed to sulfur need appropriate protection. More importantly, sulfur species deactivate catalysts in the reformer and in the fuel cell anode by reacting with the metals to form sulfides. The acceptable sulfur level in terms of short term degradation can be higher in the case of a fuel cell operating with high concentrations of H 2 ; however, a much lower concentration may be tolerable in fuel cells that reform the fuel internally in the anode [16] .
Siloxanes
Siloxanes are organic silicon compounds typically used in consumer products such as personal hygiene products, cosmetics, detergents, pharmaceuticals, and lubricants [3, 17, 18] . Of the hundreds of different siloxanes in use, the most commonly occurring ones in landfill and biogases are the linear species designated with the letter L (L2-L5) and cyclic species designated with the letter D (D3-D6). In comparison to landfill gas, biogas from waste water sludge digestion usually has a higher siloxane concentration, with the majority of those species consisting primarily of D4 and D5, as shown in Figure 5 . Landfill gas may contain significant quantities of other siloxanes, such as trimethylsilanol (TMS), as well. The higher siloxane content in ADG may be due to the water solubility of the compounds and also due to the increased volatilization of siloxanes caused by the elevated temperature used in the AD process [3, 13, 18] . For instance, there seems to be a correlation that siloxane concentrations are higher in thermophilic digesters operating at temperature of about 55°C than in mesophilic digesters operating at 30-35°C [3, 13, 18] .
Siloxanes in the fuel gas can lead to the formation and deposition of SiO 2 that can affect many components of the fuel cell system, such as heat exchangers, catalysts, and sensors [3, 19, 20] . Few studies have investigated the effect of siloxanes on fuel cells. Haga et al. [19] showed that 10 ppm of D5 resulted in total SOFC failure in 30 h at 1000°C. The degradation was almost immediate at 800°C. The cause of the failure was the formation of microcrystalline silica on the anode surfaces.
Volatile Organic Compounds (VOC)
Waste derived fuels contain species such as alkanes, alcohols, aromatics and halogens. The concentrations of halogens are typically higher in landfill gas than in digester gas from waste water treatment plants, as shown in Figure 6 . Landfill gas, for instance, may contain halogenated hydrocarbons from many sources, generally from discarded refrigerants, plastic foams, aerosols, and paints [10] . Many compounds are stable and slowly evaporate to maintain significant high levels of halogens for many years [11] . Chlorine is the most abundant halogen species, while bromine-and fluorine-containing substances are generally found in smaller concentrations. The most commonly occurring fluorine compounds in LFG are chlorofluorocarbons (CFC) used in refrigerants, insulation foams, and propellants [3] .
Among hydrocarbons, aromatic and paraffinic hydrocarbons are usually found in high concentrations in LFG, as shown in Figure 7 . Such species are encountered in digesters gas as well, but usually at lower concentrations [21] . Among aromatic species, benzene, toluene, and xylene are typically measured at high concentrations. The concentrations of aromatics are affected by both the age (decomposition process) and the source of the waste [10, 11, 21] . Toluene, for instance, is commonly used in making paints, lacquers, adhesives, and cosmetic products [21] .
While the hydrocarbon concentrations typically found in waste-derived fuels may not be hazardous to the fuel cell, they can greatly reduce the clean-up capacity of various adsorbents for siloxanes [20] . Of primary concern to the fuel cell system are halocarbons, as they convert to acid gas that can corrode catalytic surfaces [22] [23] [24] . For Molten Carbonate Fuel Cells (MCFC's), degradation due to halogens is also a long term effect; halogens react with the electrolyte, thereby affecting the performance of the MCFC over time [23, 25] .
Impurity Removal
The specific tolerance of a fuel cell to a given impurity is determined by the nature of the impurity and its interactions with the materials in the anode chamber, which includes the electrocatalyst and the electrolyte. The tolerance limit is defined by considerations of desired lifetime and the end-of-life power output capacity, and the trade-offs between loss in power output against the costs of impurity removal, maintenance, and process reliability. Of the various fuel cell types used in stationary installations, the impurities identified and the data sources for MCFCs are the broadest, since this type of fuel cell has been used in demonstrations using a variety of fuel feedstocks. The data summarized in Appendix 1 provide a glimpse at the levels of individual and class of impurities that may be allowable in the fuel gas fed to the fuel cell anode [3, 20, [26] [27] [28] [29] [30] [31] [32] [33] [34] [35] [36] [37] . There is a wealth of data on the impurity effects for the Polymer Electrolyte (PAFC) has been widely deployed in commercial applications in the US and abroad. The reports on these deployments, however, focus mainly on the application experience and performance, rather than on impurity effects.
As the requirements for gas cleaning vary widely from project to project due to the variability in the source fuel gas, the processes have typically been custom engineered for each project. Thus, there are no standard solutions; rather, a specific combination of impurity removal methods is used to ensure a fuel gas of the quality that meets fuel cell tolerance defined by the manufacturer. The published literature [20, [38] [39] [40] [41] [42] [43] [44] indicates that the gas clean-up strategies involve a primary clean-up, followed by a gas polishing step, before the gas is delivered to the fuel cell system.
A generic model of a stationary fuel-cell-based power plant has been developed to assess the overall electrical efficiency and clean-up and maintenance costs determined by the biogas impurity matrix. The system, shown in Figure 8 , is detailed in the sections below.
The Process
As a base case system, we have considered a 300-kW e molten carbonate fuel cell system operated on digester gas from a waste water treatment plant, which would be applicable for treatment facilities with influent rates of waste water in the order of 10 MGD. The main gas composition of the digester gas (excluding trace impurities) was assumed to be 58% CH 4 , 38% CO 2 and 1% each of O 2 and N 2 on a dry basis. The gas is also saturated with water vapor at 33°C (reflecting conditions in a mesophilic digester).
The concentrations of the trace contaminants used for this analysis are given in Appendix 2 as maximum and average values for both ADG and LFG. Forty-seven species were considered, distributed in 10 classes of contaminants (siloxanes, sulfur, halogens, etc.). Within each class, we included species of most frequent occurrence in the biogas, and also if some contaminants showed particularly high concentrations (based on data from the database). The concentration of some isomers (such as dichlorobenzene, xylene) were added together and grouped into a single species. In cases where the data were too limited to determine average concentrations (as in ADG), the maximum concentration value was used.
The main gas processing unit (GPU) of the system is shown in Figure 8 . First the bulk impurity, e.g., H 2 S, is removed using an appropriate technology, such as iron oxide or impregnated carbon. The gas is then cooled to remove the bulk of water vapor in the gas; and it may even be cooled to below 0°C to condense some of the siloxanes. The gas is then passed to the secondary polishing equipment (low temperature polisher) that can contain a series of adsorbents (i.e. activated carbon, silica, zeolites) that removes organic sulfur, siloxanes, and halogens. The cleaned fuel gas is then fed to the fuel cell module, as shown in Figure 9 .
The fuel cell module includes a high temperature polisher to remove trace organic sulfur and halogenated species that are not captured by the gas processing unit [44, 90, 91] . The hydrogen needed for the hydrodesulfurizing unit (HDS) is obtained from the anode tail-gas, recycling 6% of it back to the inlet fuel. This anode slip-stream is cooled to 60°C, to condense out the bulk of the water and increase the hydrogen concentration, before it is mixed with the fuel from the GPU. The fuel gas mixture is compressed to ~25 psia and heated to 330°C before entering the high temperature polisher.
The cleaned gas is mixed with steam (steam-to-carbon ratio of 2.5) and fed to a pre-reformer, where the fuel is partially reformed at a temperature of 440°C before entering the fuel cell stack.
For the fuel cell, we have used a model similar to that developed by Lukas et al. [45] . The model discretizes the stack into 40 well stirred control volumes for both the anode and cathode, and it assumes that the temperature is equal within each control volume. The model accounts for the internal reforming reactions and fuel cell irreversible losses contributed by activation, concentration, and ohmic polarizations [45, 46] . The partially reformed fuel enters the anode where it is further internally reformed via methane steam reforming (SMR) (Eq. 1) and the water gas shift reaction (WGS, Eq. 2) to hydrogen. The hydrogen reacts by the anode half-cell electrochemical reaction (Eq. 3). For the SMR reaction, we used the kinetics used by Lukas et al. [46] . It was assumed that the WGS reaction is equilibrium limited. Only hydrogen participates in the electrochemical reaction.
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Figure 9. The fuel cell module includes the stack (300 kW MCFC), balance of plant (BOP), and high temperature polisher.
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Water Gas shift
Anode half-cell electrochemical reaction
The anode tail gas is fed to the burner and recycled to the cathode where the following electrochemical reaction takes place,
Cathode half-cell electrochemical reaction
The cathode effluent, after passing a series of heat exchangers (i.e. for anode gas pre-heating, steam generation), enters the heat recovery unit at ~380°C (~710°F) and leaves the system as waste heat at 110°C. The recovered heat can be used by the water treatment plant to meet the energy needs for the anaerobic digestion process and, if possible, for space heating. Given the assumptions for the process shown in Table 2 , a net electrical efficiency of 47% and a total efficiency of 69.5% based on the fuel (biogas) LHV was calculated. This value corresponds closely to the efficiencies reported for MCFC demonstration projects operated on anaerobic digester gas and in the manufacturer's data [47] .
The following sections discuss the fuel gas clean-up steps in more detail.
Primary Clean-up (H 2 S)
In our base case system, we have chosen to use an iron oxide media, SulfaTreatHP®, as the means to remove hydrogen sulfide as the first step in the clean-up sequence in the GPU. There are many other choices to remove H 2 S, such as impregnated activated carbon [48] [49] [50] [51] , and other proprietary iron oxide media, such as Sulfur-Rite®, Sulfa-Bind®, and Iron Sponge, as well. The manufacturer of the particular media often states a maximum adsorption capacity that is equivalent to saturation conditions (i.e., the concentration in the exit gas equals the concentration in the feed gas). Actual breakthrough data and the adsorption capacity as a function of the exit concentration were not available.
Part of the reason for choosing this iron oxide media was that pieces of information regarding the use of [44, 47] and in the literature [52] were helpful in developing a model for design purposes.
The model considers the transient behavior of a packed bed filled with spherical particles. It is a two-phase model accounting for the gas phase as well as the solid phase. It also includes axial mass dispersion in the gas phase. The equation for the particle assumes that diffusion is the rate limiting process, and it is derived from the principles of the shrinking core model [53, 54] . The model could be fitted to the breakthrough data of Truong et al [52] (see Figure 10 ), and it could also predict the effects of other experimental conditions (e.g., varying flow rates and H 2 S concentrations). However, the experiments were done at room temperature and, at such conditions, iron oxide media perform poorly (only 2.8 wt% adsorption capacity of sulfur was achieved, as opposed to a maximum of ~12 wt%). In tests done at the Anoka Landfill with SulfaTreat®, low temperatures (below 38°C) were the cause of early breakthrough of H 2 S; once the bed was heated, the H 2 S dropped to levels below the detection limit (100 ppb). Unfortunately, the size of the beds was not disclosed in that report [44] ; however, the information was useful in that the operating parameters (temperature) were shown to be very important in achieving a high adsorption capacity. Furthermore, while the inlet concentration of H 2 S varied between 60 and 100 ppm, the iron oxide media effectively reduced the exit gas content to below 0.1 ppm (detection limit).
Methyl mercaptan was removed completely as well, corroborating information from the manufacturer that the iron oxide media is effective for the removal of mercaptans. The iron oxide media was ineffective in removing dimethyl sulfide (DMS), however [44] .
The model was calibrated with the data from the King County Case Study, using breakthrough times projected by the vendor from the flows and bed sizes used in the process [47] . Figure 11 shows the adsorbent utilization as a function of contact time (or residence time) of the gas in the bed, with kinetics evaluated based on the King County Case Study 8 . A frequently stated residence time for effective performance appears to be in the order of ~60-120 s [55] . This is approximately what we observe in Figure 11 . As the contact time increases, there is a positive effect on the utilization of the sorbent (especially in the range of 30-120 s). Above ~120 s, however, sorbent utilization is not as effective. The increase in the utilization of the adsorbent becomes less effective at contact times above ~120 s. This is an effect that gas-phase transport phenomena become important at high contact times. To maintain a constant pressure drop as the bed volume increases, the diameter of the bed increases but doing so, the velocity in the bed is decreased. The lower velocities in the bed reduces the mass transfer rates of i.e. H 2 S from the gas phase to the solid and also increases the magnitude of axial dispersion in the bed.
The "breakthrough concentration" is defined as the concentration of the impurity in the bed effluent when the bed is considered to have reached its capacity. This value is usually a percentage of the inlet concentration of the species, and it is selected by the design engineer. [40] Defining a higher breakthrough concentration of H 2 S allows greater utilization of the sulfur sorption capacity. If only one vessel is used (and no other means to remove H 2 S are used after this treatment step) assigning a low breakthrough concentration (e.g., 0.1 ppm) would underutilize the sorbent. It is common to have two vessels operated in series (called lead and lag configuration). When the lead vessel reaches the breakthrough concentration the flow is switched to make the second vessel the lead vessel, while the lag vessel is refilled with fresh media and made the new lag vessel. This lead and lag configuration can be viewed as a safety net to account for variations in operating conditions (such as temperature and the inlet concentration of the contaminant). 
g-S/g-adsorbent. Vessel length over diameter ratio (L/D)=2.
A lead and lag configuration may increase the utilization of the adsorbent by up to 20% in comparison to a single vessel operation 9 .
Iron oxide design parameters (base case) and assumptions
• 
Gas drying (by Cooling/Condensation)
The gas needs to be dried before it enters the polisher. Moisture, especially at relative humidities (RH) exceeding 40%, can significantly reduce the capacity of adsorbents, such as activated carbon [56] [57] [58] [59] [60] . Some other adsorbents, for example silica gel and zeolites, are extremely sensitive to moisture and may require the gas to be almost dry (RH<10%) [20, 61] . For our base case, we consider activated carbon as adsorbent media (section 4.4) and have assumed that an RH of <25% has a negligible effect on the adsorption capacity of the 9 www.slb.com/~/media/Files/miswaco/brochures/sulfatreat_10881.as hx sorbent.
After the bulk sulfur removal, the gas is passed to a chiller/condenser that cools the gas to a dew point of 4°C. After removal of the condensed water in a knockout tank, the gas is reheated to 25°C (RH=25%) via a heat-exchanger by using the warm biogas stream exiting the H 2 S removal bed (Figure 8 ). The refrigeration cycle was calculated using the software Duprex 3.2 with Suva™ 134a as the refrigerant 10 .
At a temperature of 4°C, only water was condensed out and all other trace impurities remained in the gas phase (based on vapor pressure), even in cases where the maximum concentration values were used (both for LFG and ADG). Some removal of VOC's after condensing out the water has been observed in some cases [61] . This may reflect that upon condensation, some soluble species, such as alcohols, may be washed out with the water condensate. However, vapor pressure alone is not enough to predict any condensation of higher hydrocarbons in the concentration range found in the biogas matrix (even after cooling to below 0°C). The only species that were predicted to condense out by vapor pressure alone are cyclic siloxanes, especially D5 [62] , Figure 12 . Figure 12 shows the effect of temperature and pressure on the condensation efficiency for D5. For low concentrations (1 ppm) and pressures (1 atm), 10 While chilling to below 0°C in combination with high pressures can be effective for some siloxanes, linear siloxanes (such as L2) having higher vapor pressure are likely to remain in the gas phase at high concentrations even after chilling [62] . Furthermore, the requirement of low temperatures and high pressures add to capital cost and increased power consumption, and such a strategy may be advisable only in cases with extremely high concentrations of siloxanes (in particular D5). In our base case, considering that the typical values of D5 are in the range of 1-5 ppm (average concentration of 1.7 ppm), the gas was only dried, with all trace impurities removed in subsequent steps.
Chiller/Condenser design parameters (base case) and assumptions
• Dew Point: 4°C
• RH at 25°C: 25%
• No trace impurities are condensed/washed out • Coefficient of performance for refrigeration cycle (COP): 3.4
Low Temperature Polisher (Activated Carbon)
Activated Carbon (AC) is frequently used for the removal of organic vapors [63] [64] [65] , and it has also been demonstrated to be efficient in removing siloxanes [61, 66] . By AC we define carbon that has not been impregnated (such as KOH-impregnated carbon) or functionalized by, for example, Cu or Cr. Impregnated or functionalized carbons are used to target specific impurities such as H 2 S or organic sulfur. In this analysis, H 2 S is removed using an iron oxide bed (Section 4.2), and AC is considered for the first step of the polisher to estimate the effectiveness for removing the trace contaminant matrix as given in Appendix 2.
The service life of the carbon depends on the operating parameters (such as temperature and pressure) and by the adsorption affinity of the carbon for the individual species. To properly address the adsorption capacity and the corresponding operating costs of the carbon bed, adsorption data are needed as a function of concentration and temperature for each contaminant species of interest. Furthermore, the adsorption capacity for each adsorbate is greatly influenced by the other species in the mixture. Aromatic compounds, for instance, will strongly adsorb on carbon and displace many halogenated compounds and siloxanes, leading to an early breakthrough of such species. Therefore, the composition of the mixture is of importance in determining the service life of the bed. The model includes all those effects to estimate the breakthrough for each species in a bed filled with activated carbon. The model is outlined below.
Adsorption Isotherms
The Dubinin-Radushkevich (D-R) equation [65] was used to determine the adsorption isotherms for all species given in Appendix 2. We have used the correlation proposed by Ye et al [67] : Some of the parameters can be readily obtained; P v , V b can be obtained from thermodynamic properties [68] , and V 0 from the carbon manufacturer or by measurement. The affinity coefficient (β) and the pore volume adjusting coefficient (k v ) are parameters that need to be estimated [64, 65, 67, 69] or fitted to adsorption isotherm data. For the most part, we could find literature data for many of the species shown in Appendix 2 and fit equation (5) to those data [50, 59, 60, 67, [69] [70] [71] [72] [73] [74] [75] [76] [77] [78] [79] [80] [81] [82] [83] [84] . For the cases where data were not available (8 species), the parameters were correlated by using a reference species of similar properties and the method developed by Ye et al. [67] . The set of coefficients (β and k v ) to model the isotherm with eq. (5) are given in Appendix 3. Figure 13 shows the adsorption capacity of activated carbon on some select impurities. The lines are modeled adsorption isotherms on pure organic components and the symbols are experimental data from the literature. Hydrogen sulfide, for instance, has a rather low adsorption capacity on activated carbon and consequently needs specific media for its removal (i.e., iron oxides or KOH-impregnated carbon). Other species, such as chlorobenzene and aromatics (toluene), show very high adsorption capacities, even at low partial pressures.
Mixture model
Once the adsorption isotherms for each individual species are established, the adsorption capacity is then determined in the mixture. The ideal adsorbed solution theory (IAST) was used to predict multicomponent adsorption equilibria [85] . The IAST was coupled with a flow model to predict the breakthrough time for each species. The mixture model was compared with data in the literature for multi component mixtures. Matsui et al. [66] determined the breakthrough for two siloxanes (D4 and D5) in a mixture of digester gas from a waste water treatment plant. D4 followed by D5 were the first species to be eluted from the bed. The authors measured the inlet and outlet composition of the siloxanes but did not specify the composition for the rest of the biogas. Assuming an average biogas composition as shown in Appendix 2, the model surprisingly predicted the breakthrough times of D4 and D5 to within 10% of the measured values with carbon designated as AC-1. While varying the biogas matrix (other than D4 and D5) changed the breakthrough times, the order of breakthrough species remained the same; D4 broke through first followed by D5.
Shin et al. [60] measured the breakthrough time for 8 species in raw landfill gas using activated carbon. The species measured were 4 aromatics and 4 halogenated compounds. Figure 14 shows the comparison between the experimental data and the model for those species. The breakthrough time was defined as when the outlet concentration reached 1% of the inlet concentration. While there are some differences in the predicted times (trichloroethylene is predicted to elute the bed faster), overall, the breakthrough times and the order of breakthrough is predicted reasonably well.
Activated Carbon Effectiveness-ADG
For a flow rate of 2700 Nm 3 /day, a single bed filled with 700 kg of activated carbon was used to calculate the breakthrough for the ADG impurity matrix (average concentration, Appendix 2). The activated carbon used was Calgon BPL with a micro pore volume of 0.42 cm 3 /g, BET surface area of 1050 m 2 /g, and a bulk density of 450 kg/m 3 . In addition to the trace contaminants, the adsorption effects for CH 4 and CO 2 on activated carbon were also included, based on their Langmuir isotherms [86] . Figure 15 shows the breakthrough time (days) for some of the species that are adsorbed strongly in the bed for However, some halogenated species (e.g., dichlorobenzene) and linear siloxanes (e.g., L2) appear to have a strong adsorption affinity on carbon. Figure 16 shows the other side of the species spectrum -species that breakthrough early. Most low molecular weight hydrocarbons, such as ethane and propane, do not adsorb well on carbon and break through the bed almost immediately. Species of concern to the fuel cell that leave the bed very early (~5 days) are dimethyl sulfide and methylene chloride.
The next group of species with early breakthrough are vinyl chloride < carbon disulfide < trichlorofluormethane, with an estimated breakthrough time of about 30 days. The first siloxane species that was observed to elute the bed is D4 with an approximate breakthrough time of 165 days, followed by D5 (173 days).
Since siloxanes are of particular concern for fuel cell systems [3, 19, 20] , a reasonable replacement period for the carbon would be either before dichloroethane breaks through (81 days) or just before the first siloxane, D4, breaks through (~165 days). Dichloroethane adds ~50% out of the total chlorine concentration (370 ppb), if that species is not captured by the bed (note that there are 2 chlorine atoms per molecule). The total concentration for the chlorine added by dichlorethane is, however, too small to justify more frequent carbon media replacement (81 days as opposed to 165 days for D4). 
Figure 15. Breakthrough time for strongly adsorbed species on activated carbon (average ADG composition). L3 was predicted to adsorb more strongly than L2 and it was not included in the analysis (the concentration of L3 was added to L2).

Figure 16. Breakthrough times for weakly adsorbed species on activated carbon (average ADG composition).
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The replacement period for the carbon bed was based on D4 capture (limiting species for the media). This service life of ~165 days will also be influenced by operating parameters and variations in ADG composition. The sensitivity of some of those parameters to the service life of the media is shown in Figures 17a-b. By increasing the pressure, the breakthrough time for D4 decreases. This seems counterintuitive at first, since the adsorption capacity increases with partial pressure (see isotherms in Figure 13 ). This is true for some species; particularly if their adsorption capacity increases steeply with pressure. However, the other effect of pressure is that it also increases the competition of adsorption space, in particular due to CH 4 and CO 2 . Activated carbon is used in pressure swing adsorption (PSA) to separate those species for hydrogen purification [87] . While CO 2 and CH 4 do not adsorb on carbon as strongly as VOC, the combination of high concentrations and high pressure will favor their adsorption on the carbon and, thus, reduce the ability of the bed to trap D4.
Temperature is an important operating parameter and strongly affects the adsorption capacity for all species. Decreasing the temperature to 10°C will increase the service life of the bed, provided that the relative humidity remains low. However, if the chiller operates at a dew point of 4 °C (base case) the relative humidity will be 66% and this will greatly increase the adsorption of water vapor on the carbon [57, 58] . The benefit (higher adsorption capacity for the VOCs and siloxanes) of lower temperature operation is realizable only if the moisture content is lowered before the carbon bed. To gain this benefit will require a different drying strategy, such as chilling below 0°C or using drying media (e.g., silica). This will likely increase the complexity and cost of the system. On a final note, the proper weatherization is important for the carbon beds, especially when operating in colder climates. The bed operating temperature needs to be maintained at or above 25°C to avoid moisture adsorption and even condensation of water in the beds.
The concentration of the halogens in ADG is low, and the majority of those species adsorb less strongly than D4. Hence, variations in the concentrations of halogens have little effect on the breakthrough time for D4. On the other hand, variation of concentrations of other contaminant groups has greater impact on breakthrough times. Among the alkanes, hexane has the greatest effect on the adsorption capacity for D4 (Figure 17b) , whereas other alkanes, such as ethane or propane, that have negligible adsorption affinity for carbon, do not affect the breakthrough time for D4.
Increasing the concentration of siloxanes increases the replacement frequency for the bed. When the concentration of D4 is increased to 5 ppm (~7 times the base case concentration), the breakthrough time is reduced by 13% to 142 days. For average and moderately high siloxane concentrations, activated carbonappears to be effective for the adsorption of siloxane without the need for deep chilling. 
Activated Carbon Effectiveness-LFG
For comparison, the service life of the carbon beds was calculated for the average landfill gas (LFG) composition (Appendix 2). The gas contained 50% CH 4 , 48% CO 2 , and 1% each of O 2 and N 2 on a dry basis. Figure 18 shows the breakthrough times for the species that have the lowest adsorption capacity.
Similar to the ADG case, D4 11 is the first siloxane to break through. However, due to adsorption competition, in particular due to the higher concentration of hydrocarbons in landfill gas, the breakthrough time for D4 is reduced to 122 days. The concentration of halogens and sulfur that breakthrough before D4 is substantially higher in LFG than ADG. After 5 days of operation, DMS alone accounts for the majority of sulfur (5.6 ppm) and methylene chloride for 12.1 ppm of chlorine (~40% of the total chlorine in LFG). Basing the service life of the carbon beds before D4 breaks through (~122 days), the total chlorine concentration would add up to ~18 ppm.
Completing the model calculations for the fuel cell system, the overall and electrical efficiencies were found to be ~70% and 47%, respectively (compared to ~70% and 46% with ADG, see Section 4.1). 
Landfill gas may contain high concentrations of trimethylsilanol (TMS). Adsorption data for TMS were not found in the literature, however. The properties for TMS were significantly different from those for other siloxane species. We had no confidence to correlate the adsorption isotherm of TMS to those species (reference species)
High Temperature Polisher
For a service life of OAC determined by D4, most of the organic sulfur and some halogenated species will not be adsorbed by the bed. In the case of ADG, where the concentrations of the organic sulfur and halogens are relatively low, if the fuel cell can tolerate these low levels and the raw ADG is not prone to sudden spikes in these species, the gas can be fed directly to the fuel cell. With LFG, however, where the dimethyl sulfide (DMS) and methylene chloride add up to 6 ppm of sulfur and 12 ppm of chlorine (on average), an activated carbon guard bed is highly desirable.
Finding effective methods to remove DMS and, in particular, halogens, such as methylene chloride and vinyl chloride, at close to ambient temperatures proved difficult with published technology. For DMS, there are few adsorbents such as Cu-impregnated carbons and zeolites (Zeolite 13X) that can achieve adsorption capacities for sulfur of ~2.5 wt% [88, 89] . Such performance most often is for natural gas compositions, and little is known about how biogas will affect the sorption capacity for sulfur. Furthermore, water and CO 2 are strongly adsorbed on zeolites and, therefore, the gas to be treated needs to be free of moisture [20] . Data on adsorption of halogens on carbon only confirmed the results in our study that vinyl chloride and, in particular, low molecular weight halogens, such as chloromethane and chloroethane, are poorly adsorbed on many types of activated carbon [44, 60, 77, 89, 90] .
In the system studied here, all sulfur and chlorinated species not captured by the carbon bed are removed by the high temperature polisher. Such a clean-up process has been used to treat biogas in several case studies for fuel cell systems [44, 90, 91] . Organic sulfur and chlorine are first reacted with hydrogen over a hydroprocessing catalyst (HDS) (such as Ni-Mo or CoMo supported on alumina) and converted to H 2 S and HCl, respectively. These species are then removed by using sulfur and chlorine adsorbents (i.e., ZnO-based sorbents for H 2 S, and Al 2 O 3 with metal oxides for chlorine). Screening tests done with 500 ppm of H 2 S and HCl each over commercial adsorbents 12 indicated a removal capacity of ~8-10 wt% for sulfur and chlorine, each, before breakthrough [92] . The tests were conducted at 270-350°C and ambient pressure.
The effectiveness of the hydroprocessing catalyst depends on the partial pressure of hydrogen, temperature, and the concentrations of the trace
G-72E sorbent for H2S and removal and G-92C sorbent for HCl
impurities. He et al. [91] observed good activity for the hydroprocessing catalyst with tests using simulated landfill gas (~150 ppm halogens, and 25 ppm DMS and COS each) operating at 340°C and using a hydrogen partial pressure of ~5 kPa. Oxygen in the gas (1%) and even moisture showed no noticeable effect on the activity of the catalysts and subsequent sorbents. 
Economic Analysis
Cost Factors and Financial Inputs
Along with the cost factors that impact the economics of the plant, the analysis evaluated the sensitivity of the cost of electricity to the impurity levels in the biogas. Cost factors included in the analysis were a) Capital costs for the clean-up process and fuel cell system (including stack replacement) b) Variable costs for maintenance and replacement of spent media Analytical costs (i.e. grab sampling of the biogas), or any incentives or energy tax credits were not included in this analysis.
Cost data were obtained from the published literature [43, 48, 55, 63, [92] [93] [94] [95] [96] [97] [98] [99] [100] [101] . The capital costs for the iron oxide and the activated carbon vessels are shown in Figure 19 and 20, respectively 13 . The capital cost for iron oxide beds increases linearly with vessel size, suggesting specialized beds and custom engineering for each project. In contrast, the capital cost for the carbon beds shows some economies of scale, possibly because of wide applications and sizes of such beds for VOC control.
Chiller capital costs (excluding compressor/blowers) are $500-700 per scfm for flow rates above 35 scfm [95, 101] . For small flow rates, the chillers can cost up to $3000 per scfm, as those units are overdesigned in relation to the flow capacity 13 The cost includes piping and instrumentation and assumes that 2 vessels are used in series [43, 101] . For the high-temperature polisher, we have used the system costs estimated by Directed Technologies Inc. (currently Strategic Analysis, Inc) for natural gas polishing 14 . The cost includes piping and vessels (2 in parallel), and also includes a heat exchanger and HDS catalyst.
Cost for the sorption media reflects disposal/regeneration services.
a) The cost for carbon onsite replacement services is reported to be $4-5 per kg or virgin activated carbon, approximately twice the cost of the media ($2/kg) [63, 94] . b) The cost for the iron oxide media (Sulfatreat) is reported to be ~$1/kg [48, 55, 96] . Disposal costs are estimated to be 25-100% of the media cost [97] . c) Sulfur removal media (G-72E) cost: $8.8/kg [92] . d) Chlorine removal media (G-92C) cost: $2.2/kg [92] .
Disposal costs for the high temperature polisher media were not reported.
Considering that disposal/ regeneration may cost as much as the media itself, we have assumed that all replacement costs equal the cost of the media. Tables A and B in Appendix 4 summarize the financial data and assumptions used for the economic analysis.
14 Costs were scaled based on the ratio of the flow-rates (Qr): ‫ݐݏܥ‬ ൌ ‫ݐݏܥ‬ ൈ ሺܳ‫ݎ‬ሻ .
Cost of Electricity -Base Case (ADG)
We used H2A FC power model 15 [102] to calculate the cost of electricity for the base case ADG system described in section 4. Figure 21 shows the cost of electricity as a function of the fuel cell system cost. The clean-up cost for the base case adds ~1.8 cents/kWh to the cost of electricity, representing ~20% of the total cost (10.5 cents/kWh). The fuel cell system cost for the base case was assume to be $3800/kW; this is higher than the cost projected for 2010 by the FC power tool ($2900/kW) but more in line with the current cost estimates for a DFC-300 unit operating on natural gas ($4500/kW) [100] . The cost for the DFC-300, however, also includes clean-up equipment for natural gas (sulfur removal) estimated at ~$400 kW. The cost of electricity in the analysis includes a heat credit of 1.4 cents/kWh (thermal). Here, we assume 85% yearly utilization 16 [103] of the waste heat recovered from the process (colder climate) and valued at $10 MMBtu.
Operating on natural gas instead of ADG (assuming no clean-up costs) and with a fuel cost of $10 MMBtu 17 , the corresponding cost of electricity increases to ~16.2 cents/kWh. The fuel, including heat credit, adds ~6 cents/kWh to the total cost. Clearly, the costs for the clean-up in the case of ADG are more than offset by the zero cost of fuel, at least for the base case. Figure 22 shows the breakdown of the clean-up costs for the base case. Removal of H 2 S (with iron oxide), which represents the bulk of the impurities in ADG, represents nearly half of the clean-up cost. The carbon beds add 34% to the cost of cleanup. The high temperature polisher adds but a small fraction to the clean-up cost (~5%). The average concentration of organic sulfur and halogens in ADG is low to begin with, and the combined concentration of organic sulfur and halogens not captured by the carbon bed are less than 1ppm for the base case.
The sensitivity of the electricity cost of electricity to some of the operating parameters and cost inputs is shown in Figures 23 and  24 . Figure 23 shows the sensitivity for the iron oxide media (H 2 S) removal. The media cost is important-a 50% increase in media costs leads to a 0.3 cents/kWh increase in the cost of electricity.
The sensitivity to the operating costs is further reflected by increasing the concentration of H 2 S. Frequent media replacement due to high H 2 S concentrations may quickly escalate the operating costs.
The sorption kinetics (adsorbent utilization) influence the frequency of media replacement and, consequently, the operating costs. The utilization of the media is also related to the bed sizes. Decreasing the volume of the bed (contact time of 60 s) decreases the 16 Based on monthly heat requirements for Ithaca area wastewater treatment facility 17 Fuel cost based on commercial natural gas (~$9.7 MMBTU as of AUG 2011). www.eia.gov capital cost for the vessels, but the cost of electricity increases. The utilization of the adsorbent decreases rapidly when the contact time is lowered (see Figure  11) . Thus, the higher operating costs more than offset the savings in capital investment.
At some point, as the H 2 S concentration increases, other technologies to remove sulfur with lower operating costs may become more suitable [20] . As they become more capital intensive, however, they may be suitable only for larger plants with significantly larger flow rates than the base case investigated here (300 kW e ). 
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The alternative may be to use other sulfur removal strategies preceding the iron oxide media beds, e.g., using iron salts to precipitate the bulk of sulfur in the digester itself.
The sensitivity of the cost of electricity to the low temperature polisher (chiller/activated carbon) beds is shown in Figure 24 . The replacement frequency for the carbon beds is directly related to the operating parameters (pressure, temperature, RH) and the trace contaminant concentrations in the biogas (discussed in section 4.5). In contrast to that for the iron oxide media (Figure 23 ), the capital cost for the low temperature polisher is higher, and it is more sensitive to variations in the operating parameters. This may be because chillers may not be custom sized and may be overdesigned for the capacities of the plant. Also, the gas may need to be dried even further if the adsorption capacity of the media is particularly sensitive to moisture. The cost of further drying may reduce the operating costs for media replacement, but it will increase the capital investment and, therefore, the cost of electricity.
The combinations of technologies that are used together to remove the contaminants in the biogas and their associated costs require careful evaluation. Figure 25 shows an example of making such a decision for carbon beds. The costs associated with replacing the sorbent for siloxanes and strongly adsorbed halogenated species add up to ~10.4 cents/kWh. Removing other halogenated species as well, such as vinyl chloride, the cost of media replacement will increase significantly and subsequent clean-up options gave to be considererd.
The base case system assumes that the carbon bed is replaced before D4 breakthrough. Vinyl chloride adsorbs much more weakly, however, and it breaks through much earlier, as shown in Figure 18 . If a decision is made to replace the bed before vinyl chloride breaks through, the cost would increase by 1.3 cents/kWh to ~11.7 cents/kWh. By adding the high temperature polisher, as done in the base case system, the species that break-through before D4 (e.g., vinyl chloride, dichloromethane) could be removed at a much lower cost ~0.1 cents/kWh.
Cost of Electricity -LFG
The cost of electricity from a 300 kW MCFC operating on landfill gas was evaluated using the average composition of LFG (Appendix 2). This was done to compare the associated clean-up costs with the ADG case. The clean-up system was kept unchanged but the bed sizes for the iron oxide media and for the high temperature polisher (sulfur and chlorine guards) were adjusted for the different impurity concentrations in LFG. The replacement interval also changed for some of the beds due to the change in the impurity matrix. Table B in Appendix 4 shows the comparisons of costs and replacement intervals for the ADG and LFG cases. For the iron oxide media, the bed size is smaller for the LFG, due to the lower concentration of H 2 S (62 ppm) in it. This decreases the utilization of the media but the capital cost is lower. The replacement interval increases to 72 weeks from 26 weeks for the ADG case. The carbon media replacement frequency was based on D4 as the limiting species and the change-out occurred after 122 days. Because of the higher concentration of organic sulfur and halogens that enter the high temperature polisher, however, the size of the adsorbents increased substantially as compared to the ADG case. Figure 26 shows the calculated cost of electricity for both the ADG and LFG cases (average concentrations of impurities). The cost of electricity from LFG and ADG is very similar (to within 0.2 cents/kWh). However, the distribution of the costs for the clean-up steps reflects the differences in their impurity levels. For ADG with its higher H 2 S content, the cost for the H 2 S clean-up step is ~4 times that in the LFG case. The savings in lower H 2 S concentration for LFG, on the other hand, are offset by the higher cost of carbon media and, in particular, the cost of the high temperature polisher. The higher concentrations of organic sulfur and chlorine in LFG add ~0.3 cents/kWh to the cost of the polisher. The carbon media is marginally more expensive for LFG as the replacement frequency has increased. In contrast to the differences in impurities, the activated carbon captures more chlorine than silica in LFG, while the opposite is observed for ADG.
It is expected that optimizations for the system will enable the further reduction of the costs of clean-up. Unfortunately, each of these plants has to be customized to meet the specific impurity content of the feed gas. The changes in bed sizes for ADG and LFG are a striking example. Furthermore, a particular cleanup strategy may not suit all fuel cell systems. A high temperature polisher may be more adaptable to low temperature fuel cells (i.e., PAFC) that reform the fuel to a H 2 rich gas outside the fuel cell stack, but it may be more complicated for fuel cells that internally reform the fuel in the stack.
Figure 26. Contributions to the cost of electricity for an MCFC operating on ADG and LFG (average concentrations of impurities for each source gas)
The service life of the iron oxide beds may be determined cost effectively by H 2 S sensors or standardized analytical equipment (e.g., lead acetate tape, draeger tubes). Determining the service life of carbon may be more complicated, and it may require expensive analytical procedures.
While the trace contaminants in the fuel greatly affect the performance and degradation of the fuel cell system, variations in the main components of the gas, i.e., CH 4 and CO 2 , impact the systems significantly since they determine the calorific value of the gas [20] . Such variations can cause irregular problems and lead to a shut-down of the fuel cell system. Solutions to this problem include storage of biogas to allow amounts of biogas with different heating values to equalize, or switching periodically to natural gas or propane when the calorific value starts to greatly deviate from normal values-all of which can add to the complexity and operating costs of the plant.
Summary and Conclusions
This report presents the results of a study to estimate the impact of impurities in biogas on the generation of electricity in stationary fuel cell systems. The study included a review of the literature data available on impurities found in biogas, especially in anaerobic digester gas and landfill gas. A detailed listing of this information, along with the effects of impurities on fuel cell performance and durability, can be accessed at: http://www.cse.anl.gov/FCs_on_biogas Impurities of particular concern are sulfur, siloxanes, and halides, because of their significant deleterious effects on the performance and durability of fuel cell systems. Moisture, higher hydrocarbons, aromatics, alcohols, etc., which are also present in the biogas, do not directly damage the fuel cell or diminish its performance; however, their presence reduces the capacity of the adsorbents that are typically used to capture the more deleterious species from the biogas. For example, Figure 19 shows a case study where doubling the hexane concentration from 25 ppm to 50ppm leads to requiring the activated carbon bed to be replaced after 120 days, compared to 165 days for 25 ppm hexane in the biogas.
The biogas clean-up strategies for fuel cell power generation systems have been reviewed. A generic process has been proposed, and this process has been used to conduct an economic analysis. This clean-up process begins with the removal of reduced sulfur, followed by moisture removal and adsorption beds to remove siloxanes and strongly adsorbed halocarbons on activated carbon. The remaining halocarbon and sulfur species not captured by the carbon beds are then removed by hydroprocessing at elevated temperatures, before the gas is fed into the fuel cell.
A base case process has been defined to conduct the economic analysis. The results show that the cost of electricity to be 10.5 and 10.3 cents/kWh from ADG and LFG, respectively, from a plant generating 300 kW e . The cost of gas clean-up represents ~20% of the cost of electricity. For the ADG case, the removal of H 2 S (iron oxide bed) and siloxanes (carbon bed) contributes the most to that cost; whereas, for LFG, the siloxane removal (carbon bed) cost dominates.
Further technological development is necessary to help accelerate the deployment of biogas based fuel cell power generation developments.
• The activated carbon beds are replaced periodically, where the replacement interval is determined using a grab sample for the analysis of siloxanes. Development of continuous monitoring devices for these species would allow better use of the sorbent beds.
• Low temperature sorbents for the removal of halogen species are not effective for all species. Development of sorbents for these species that have high sorption capacities will preclude the need for a complex hydroprocessing strategy and would facilitate internal reforming.
• Data on adsorption properties of impurities on common sorbents are scarce in the published literature, especially for multicomponent systems. Such data are needed for greater accuracy in predicting impurity breakthrough and sorption capacity of these sorbents. 
